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ABSTRACT

The U.S. Department of Energy and EPRI are co-funding this project to improve the control of
mercury emissions from coal-fired power plants equipped with wet flue gas desulfurization
(FGD) systems. The project is investigating catalytic oxidation of vapor-phase elemental
mercury to aform that is more effectively captured in wet FGD systems. If successfully
developed, the process could be applicable to over 90,000 MW of utility generating capacity
with existing FGD systems, and to future FGD installations.

Field tests are being conducted to determine whether candidate catalyst materials remain active
towards mercury oxidation after extended flue gas exposure. Catalyst life will have alarge
impact on the cost effectiveness of this potential process. A mobile catalyst test unit is being
used to test the activity of four different catalysts for a period of up to six months at each of three
utility sites. Catalyst testing at the first site, which fires Texas lignite, was completed in
December 1998. Testing at the second test site, which fires a Powder River Basin subbituminous
coal, was completed in the fall of 1999, and testing at the third site, which fires a high-sulfur
bituminous coal, will begin in 2000.

Thistechnical note reports results from Site 2; results from Site 1 were reported in a previous
technical note. At Site 2, catalysts were tested in several forms, including powders dispersed in
sand bed reactors and in commercia forms such as extruded beads and coated honeycomb
structures. This technical note presents results from Site 2 for both the sand bed reactors and
commercial catalyst forms.

Field testing is being supported by laboratory tests to screen catalysts for activity at specific flue
gas compositions, to investigate catalyst deactivation mechanisms and to investigate methods for
regenerating spent catalysts. Laboratory results related to the Site 2 field effort are also included
and discussed in this technical note. Preliminary economics, based on Site 2 results, are a'so
presented for a catalyst-based mercury removal process for a plant with an existing FGD system.
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EXECUTIVE SUMMARY

Field testing at Site 2, fired with a Powder River Basin subbituminous coal, found substantial
concentrations of elemental mercury in the flue gas (~8 to 9 ng/Nm®), and relatively low
concentrations of SO,, SO3;, HCI and NOx. This was expected based on previous flue gas
measurements at sites that fire Powder River Basin coals.

At these flue gas conditions, long-term (five-month) sand bed reactor tests showed that one
catalyst, Pd #1, continued to oxidize 96% of the inlet elemental mercury. A fly-ash-based
catalyst, SBA #5, continued to achieve 87% oxidation, and two beds of Carbon #6 in series
achieved 78% oxidation. The other catalyst, Carbon #3, had lost virtually all activity towards the
oxidation of elemental mercury over this period.

These results identified Pd #1 as the most attractive oxidation catalyst for this flue gas with
respect to catalyst life. The fly-ash-based SBA #5 could offer alower-cost aternative, although a
method would need to be developed to prepare the fly-ash-based material in a commercial
catalyst form.

Since Pd #1 represents a conventional, metal-based catalyst that is readily available from catalyst
vendors, samples were acquired and tested in two commercial forms: pellet and “honeycomb”
configurations. In relatively short-term tests (two to six weeks), the pellet form showed high
oxidation activity at area velocities five to ten times that of commercial SCR catalysts,
suggesting that relatively small reactors could be employed for a catalytic mercury oxidation
process. Results with a honeycomb catalyst showed lower oxidation activity when compared to
the pellet form at similar area velocities. The amount of palladium on the honeycomb surface and
the rate of diffusion of mercury from the flue gas to its surface are currently being investigated as
potential causes of the lower performance.

Laboratory tests indicate that for the gas composition at Site 2, both HCI and NOx play an
important role in mercury oxidation, even when present at low concentrations (e.g., 1 ppm for
HCI). For most materials, the laboratory apparatus proved to be an effective tool at identifying
catalyst materials that were active in the actual Site 2 flue gas conditions. However, the
effectiveness of accelerated catalyst deactivation tests in the laboratory for predicting long-term
catalyst activity in the field remains in question.

Laboratory tests to regenerate spent catalyst materials from the long-term test at Site 2 showed
that the catalyst that degraded in activity over the course of the long-term test were readily
regenerated with CO, at elevated temperatures. This result suggests that regeneration should be
further investigated as a means for cost-effectively restoring the activity of spent catalystsin
future larger-scale application of this technology.
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Preliminary economics have been calculated for the catalytic process applied to a power plant
with an existing ESP particulate collector and an FGD system, based on Site 2 results for Pd #1.
These preliminary economics show that the catalytic process could be less costly than carbon
injection for achieving 80 to 90% overall mercury control (relative to mercury levelsin the ESP
outlet flue gas). The economics are based on using a honeycomb catalyst configuration. The
economics for the catalytic process using Pd #1 as the catalyst are very sensitive to catalyst life
and the loading of Pd #1 required on the honeycomb surface. Future testing should attempt to
determine the activity of Pd #1 over periods of one year or greater, and should evaluate |lower-
cost materials such as fly-ash-based SBA #5 in commercia catalyst configurations.
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INTRODUCTION

The 1990 Clean Air Act Amendments mandated the Environmental Protection Agency to study
the health effects caused by hazardous air pollutants (HAPS) from electric utility plants,
including a separate study of the effect of mercury emissions. Most HAPs of concern in power
plants occur in the particulate phase and are, therefore, removed in particulate control devices.
However, mercury, although present in extremely low concentrations, primarily occursin the
vapor phase. Therefore, particulate removal devices are generally not effective at removing
mercury from flue gas and alternative remova methods are needed. A number of previous
research programs have studied mercury emissions from power plants and methods for reducing
these emissions.

The U.S. Department of Energy’s National Energy Technology Laboratory (DOE/NETL) is
funding this project to investigate a process for improving the ability of existing wet FGD
systems to control mercury emissions from coal-fired power plants. The project is being
conducted under a cost-sharing agreement between DOE/NETL, EPRI and Radian International.
The proposed process would use a catalyst material to oxidize vapor-phase e emental mercury.

V apor-phase mercury generally exists in two formsin utility flue gas—as elemental mercury and
as water soluble, oxidized mercury (the predominant form is believed to be HgCl,). Previous
results have shown that wet scrubbers effectively remove oxidized mercury from the gas but are
ineffective at removing elemental mercury. Since elemental mercury is present in most flue gas
streams and is the predominant form in some, this process can potentially improve overall
mercury removal in wet scrubbers by converting the elemental mercury to aform that is more
readily scrubbed.

This project is being conducted as a two phase test program. During Phase |, several catalyst
materials were identified in the laboratory as being able to oxidize elemental mercury. This
ability was confirmed in pilot-scale tests and in short-term, slipstream field tests. Pilot tests aso
confirmed the removal of catalytically-oxidized mercury across a wet FGD system. Phase ||
began in April 1998, and is investigating catalyst life by exposing catalyst materials to flue gas
for an extended period of time at three coal-fired power plants. This testing will be used to
predict required catalyst quantities and catalyst life for future full-scale application of the
technology.

Section 2 of this technical note describes the technical approach for Phase |1 and Section 3
presents Phase |1 results from the second of three planned sites. In Section 4, the results of
related laboratory testing are presented, and results from a preliminary economic evaluation of
the proposed catalytic process are presented in Section 5. A summary of the Site 2 resultsis
made in Section 6, and a brief acknowledgement is made in Section 7.
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PHASE || TECHNICAL APPROACH

Based on promising Phase | results, DOE/NETL funded a Phase 11 effort, which includes:

Evauate the ability of catalyst materials to oxidize elemental mercury at three full-scale
gSites,
Estimate the life of these catalyst materials in various flue gas streams; and

Estimate the amount of catalyst required to achieve at least 70% oxidation of the elemental
mercury in these flue gas streams.

Phase Il testing is addressing two critical issues —the life of the catalysts (i.e., how long will the
catalysts oxidize mercury?) and the applicability of the process for the U.S. electric utility
industry (i.e., are there coals/plants for which the catalysts work more or less effectively?). These
issues are being addressed by conducting long-term catalyst tests at three full-scale utility sites.
Catalyst oxidation efficiency and life will ultimately affect the design of any subsequent
commercial process and its economics. Also included in Phase |1 are field tests of “advanced” or
commercial catalyst forms, and related laboratory testing. Each form of testing is described
below.

Field Test Program

Figure 2-1 illustrates the catalyst test unit, which was designed to expose catalyst materialsto a
dipstream of flue gas from a coal-fired boiler for an extended period. The test unit consists of a
heated box that is mounted directly to aflue gas duct, and is small enough to be moved from site
to site. Flue gasis continuously drawn from the duct through a heated glass probe and passes
through a quartz filter before contacting the catalyst beds. Although in future full-scale systems,
the catalyst would be exposed to fly ash remaining in the flue gas downstream of the particulate
control device, residua fly ash isremoved in the test unit to prevent plugging of the sand beds. A
commercial catalyst configuration (e.g., a honeycomb) would be designed to avoid plugging with
ash.

After thefilter, the flue gas flows through three parallel catalyst test cells. Each test cell contains
two packed beds of catalyst material. Catalyst bed temperatures are controlled by adjusting
temperatures in the heated box. The gas flow rate through each test cell is continuously
monitored, and gas flow rates are adjusted with manual valves. After flowing through the cells,
the flue gas passes through a condenser to remove moisture then to sample pumps. At the normal
flue gas flow rate, the superficial gas velocity through atest cell is about 18 ft/min (5.5 m/min),
which is similar to the gas velocity through a fabric filter in the EPRI COHPAC configuration
(i.e., apulse-jet fabric filter installed downstream of an ESP).

2-1
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Figure 2-1

Schematic of Field Test Unit and Semi-continuous Mercury Analyzer

There are two catalyst beds in series in each of the three test cells, so up to six different catalyst
materials can potentially be tested simultaneously. However, one bed typically contains a sand
bed “blank,” and another cell typically has two beds containing the same catalyst materia in
series, to provide oxidation data at two space velocities (i.e., different ratios of gas flow rate to
catalyst volume). Consequently, only four different catalyst materials are typically tested at once.

The catalyst materiasin the test cells are diluted with sand. The sand improves gas flow
distribution by providing athicker bed and greater gas pressure drop. Test ports are located at the
outlet of each catalyst bed and at the inlet and outlet of the quartz filter. Mercury samples can be
collected upstream and downstream of all catalyst beds. By measuring the change in elemental
mercury concentration across each bed, the mercury oxidation across each can be determined.

Mercury measurements are made using a semi-continuous mercury anayzer developed for EPRI.
As shown in Figure 2-1, flue gasis pulled from the catalyst test unit at about 1 L/min through a
Teflon®-lined pump and passes through a series of impingers. To measure total mercury in the
flue gas, the impinger solutions contain stannous chloride (SnCl.) followed by a sodium
carbonate (Na,COs) buffer. The SnCl, solution reduces al flue gas mercury species to elemental
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PHASE || TECHNICAL APPROACH

mercury. The Na,COs solution removes acid gases, thus protecting the downstream, analytical
gold surface. Gas exiting the impingers flows through a gold amalgamation column where
mercury in the gasis adsorbed. After concentrating mercury onto the gold for a fixed period of
time (typicaly 10 minutes), the mercury is thermally desorbed (>700°C) from the column into a
nitrogen purge stream that flows to a cold-vapor atomic absorption spectrophotometer (CVAAYS)
for analysis. The flue gas total mercury concentration is measured semi-continuously with a 10-
minute sample time followed by a 10-minute analysis period.

To measure elemental mercury in the flue gas, the SnCl, impinger is replaced with one
containing tris(hydroxymethyl)aminomethane (Tris) solution. The Tris solution has been shown
to capture oxidized mercury while alowing elemental mercury to pass through without being
altered®. Mercury passing through the Tris solution is analyzed as described above and assumed
to represent the elemental mercury content in the gas sampled. The difference between the total
mercury concentration (stannous chloride impinger train) and elemental mercury concentration
(Trisimpinger train) is taken as the oxidized mercury concentration. The analyzer results have
been confirmed at each site by performing manua sampling by the draft Ontario Hydro method.

The most promising catalyst materials are being tested for up to six months at each of three
utility power plants. At each site, an initia set of short-term screening tests is conducted to
determine the most active catalysts for that site and to allow comparing the performance of
several catalyst materials from site to site. Each screening test is run for two to four days, to
allow the catalysts to approach mercury adsorption equilibrium before measuring oxidation
performance. Based on the screening test results, four catalyst materials are selected for
continuous long-term (five- to six-month) flue gas testing at each site. Periodic performance
measurements are taken to determine if oxidation has changed with time. Between performance
measurements, the test unit operating conditions are monitored remotely using mobile
communications. This approach is being used to measure catalyst life for four catalyst materials
at three coal-fired facilities.

The test sites are being chosen to provide arange of flue gas compositions and will correspond
with the three solid fossil fuels used for power generation in the U.S.: bituminous coal,
subbituminous coal, and lignite. Of the installed FGD capacity in the U.S., about 48% (on a
megawatt basis) is on power plants that fire bituminous coal, 40% on plants that fire
subbituminous coal, and 12% on plants that fire lignite.

Testing has been completed at the first site, a power plant that fires a medium-sulfur Texas
lignite, and at the second site, which fires alow-sulfur Powder River Basin subbituminous coal.
The third site has not been selected, but will fire a high-sulfur bituminous coal.

Commercial Catalyst Form Tests

During the long-term testing of catalyst sand beds at Site 2, additional tests were conducted to
evaluate the activity of catalystsin commercial configurations rather than as finely ground
powder dispersed in sand. Such configurations could include honeycomb supports [such as those
used in flue gas NOx selective catalytic reduction (SCR)], pellets, and others. The objective of
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these tests has been to evaluate promising catalysts identified in the long-term tests in
commercia configurations.

These tests were conducted in an apparatus operated in parallel with the long-term field test unit
described above. The commercial catalyst form test apparatus drew flue gas from a quartz-lined
probe installed in a port next to that of the long-term field test unit. Flue gas was drawn through
heated Teflon® sample lines to one or more Teflon® catalyst holders placed in a temperature-
controlled, heated box. From the catalyst holder(s), the treated flue gas was pulled through a
vacuum pump that discharged the small amount of flue gas to the atmosphere. Flue gas flow
rates were measured with a calibrated rotameter on a periodic basis. Mercury concentrations
were measured upstream and downstream of each catalyst holder using the field analytical
instrument described above. These analyses were conducted when the analyzer was not being
used to measure mercury concentrations for the long-term field test.

The catalyst holders contained either 5-mm-diameter extruded beads of catalyst material or 5/8-
inch (1.6-cm) diameter “cores’ of catalyst material on a monolithic (honeycomb) support. These
catalyst forms were tested for time periods ranging from two to six weeks.

The testing was focused on flue gas flow rates that would correspond with commercialy viable
catalyst reactor sizes. If we assume that mercury oxidation occurs primarily on the external
surfaces of the catalyst materials (i.e., not in the pores), a design term called area velocity
probably represents the best parameter for scaling small-scale reactor results to a commercial
catalyst bed design. Areavelocity is calculated as the flue gas flow rate at standard conditions
divided by the catalyst material’s geometric (external) surface area. SCR catalysts typically
operate at area velocities ranging from 15 to 30 standard ft/hr (4.3 to 8.7 Nm/hr). If mercury
catalysts can be proven effective at similar or higher area velocities, it islikely that honeycomb
support structures could be utilized in areactor of acommercially viable size. The actual area
velocities tested for mercury catalysts at Site 2 ranged from 110 to 860 standard ft/hr (32 to 250
Nm/hr) for the bead catalyst form, and from approximately 105 to 240 standard ft/hr (30 to 69
Nm/hr) for the monolith. Higher area velocities correspond with lesser quantities of catalyst
surface area per volume of flue gas treated.

Laboratory Tests

Laboratory tests are al'so being conducted to support the field tests. Typically, asimulated flue
gas containing elemental mercury flows across a fixed-bed reactor containing catalyst material.
The gas exiting the bed is analyzed semi-continuously by the technique described above to
determine the fraction of inlet elemental mercury oxidized across the bed. Mercury speciation
across the catalyst bed is determined after adsorption equilibrium is established.

The simulated flue gasis prepared from reagent gases using calibrated flow meters. Elemental
mercury is added by passing nitrogen carrier gas across a diffusion cell that contains an
elemental mercury permeation tube. The amount of diffused mercury is controlled with the flow
of nitrogen and the temperature of the diffusion cell. The mercury-containing nitrogen is then
mixed with other flue gas components (SO, HCI, NOy, O,, CO,, and H,O) at constant
temperature before the gas enters the reactor.
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The fixed-bed reactor is a temperature-controlled, vertical Pyrex column that contains a mixture
of the catalyst material and sand. The gasrate istypically about 1.4 L/min at 300°F (149°C),
which results in a superficial gas velocity through the bed of about 30 ft/min (9.1 m/min).

The bench-scale unit is used to simulate flue gas conditions at each full-scale test site prior to
testing in the field, to obtain information about the expected effects of flue gas composition on
oxidation. The bench-scale unit is also being used to investigate the regeneration of spent
catalysts. Spent catalysts are regenerated by exposure to various atmospheres at elevated
temperatures, then tested for mercury oxidation activity in simulated flue gas. Other tests are run
on the bench-scale unit in an effort to develop a better understanding of mercury oxidation and
catalyst deactivation mechanisms.

Phase Il Status

Phase |1 results to date include completed long-term test series at Sites 1 and 2, screening tests
for the activity of commercia catalyst forms at Site 2, and laboratory-scale catalyst screening
and regeneration tests. Site 1 results have been reported previously**#, and are not repeated here.
This technical noteis focused on results from Site 2 and from related laboratory tests.
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SITE 2 RESULTS

Site 2 Description

Site 2 isamoderately large (400-600 MW) tangentially-fired unit that fires a blend of Wyoming,
Powder River Basin subbituminous coals. It has an ESP for particulate control and a wet
limestone FGD system. Site 2 was selected because Wyoming codl is fired by the greatest
number of megawatts of generating capacity among FGD-equipped power plants that fire
subbituminous coal.

Flue gas mercury concentration measurements were made at Site 2 in December 1998, using the
draft Ontario Hydro method. Simultaneous measurements were made in triplicate downstream of
one of the unit’sinduced draft fans (FGD inlet) and downstream of one FGD module. The results
showed an average total mercury concentration of 12.0 ng Hg/Nm?® and an average gas phase
elemental mercury concentration of 8.8 ng Hg/Nm® in the flue gas upstream of the FGD system.
These values correspond to an average mercury oxidation percentage of 27% at the FGD inlet.

Samples of the coal fired at Site 2 were collected during each sampling run. The coal mercury
content averaged 123 ppb (dry basis) in these three samples. Materia balance calculations were
conducted to compare the mercury in the coal fired versus that measured in the flue gas, and
showed avery good average closure of 98%, with individual sample run closures of 65%, 110%
and 121%. The average values for this material balance are summarized in Table 3-1.

The flue gas sample runs at the FGD oultlet location indicated an average total mercury
concentration of 9.3 ng Hg/Nm?® and an average gas phase elemental mercury concentration of
9.0 mg Hg/Nm®. As expected based on results from other sites, the FGD system at Site 2 was
observed to remove a high percentage (93%) of the oxidized mercury in the flue gas at the FGD
inlet, and essentially none of the elemental mercury. The overall mercury removal across the
FGD system averaged 23%.

There was only one problem during the sampling runs that resulted in a concern about data
quality. The sampling train failed its post-run leak check after the first run at the FGD inlet
location. At first it was thought that the leak devel oped when the sampling probe was removed
from the duct at the end of the run. However, higher flue gas oxygen content and lower flue gas
mercury concentrations measured for this run compared to those of the other two runs at this
location suggest that the leak occurred while the sample was being collected. The first run aso
showed the poorest closure in the coal mercury material balance cal culations mentioned above
(65%).



STE 2 RESULTS

Table 3-1
Results of Mercury Balance Calculations for Site 2

Parameter

December 1998 Values

Coal mercury content, mg/kg

0.094

Amount of coal fired, tons/hr (kg/hr)*

197 (179 x 10%)

Mercury in coal fired, Ib/hr (g/hr)

0.0371 (16.8)

Total mercury concentration in ESP outlet flue gas, mg/Nm3

12.0

Flue gas flow rate at ESP outlet, dscfm (Nm3/s)*

855,000 (404)

Total mercury in flue gas, Ib/hr (g/hr)

0.0358 (16.3)

Mercury concentration in fly ash, mg/kg 0.020
Fly ash collection rate, tons/hr (kg/hr)* 8.9 (8100)
Mercury in fly ash collected, Ib/hr (g/hr) 0.0004 (0.2)

Mercury in bottom ash, Ib/hr (g/hr)

0 (assumed) (0.0)

Total mercury accounted for in flue gas and fly ash, Ib/hr (g/hr) 0.0362 (16.4)

Mercury material balance closure, % of coal mercury accounted for 98

*By combustion calculation

These results confirmed that this unit would be a suitable host site for mercury oxidation catalyst
testing, as the flue gas has an adequate elemental mercury concentration to support such testing.

Subsequent flue gas analyses were conducted in March, 1999. Flue gas mercury concentrations
were measured by Method 29T, and flue gas HCI and chlorine (Cl,) analyses were conducted by
Method 26A. These results are shown in the flue gas compositions presented in Table 3-2. At
this later date, Method 29T showed total mercury concentrations at the FGD inlet averaging
about 13 ng/Nm?, and elemental mercury concentrations averaging about 8 mg/Nm?®. The
relatively high elemental mercury concentration shown in these analyses confirmed that Site 2
would be agood catalyst test site.

The results showed that the HCI and Cl, concentrations at Site 2 were, as expected, quite low
(about 1 ppm each). Also shown in Table 3-2 are typical FGD inlet SO, and NOx concentrations
as measured by the Site 2 CEM system, and SO; concentrations that were measured at the FGD
inlet location by the Controlled Condensation System method, in November, 1999. These results
al show relatively low values, as would be expected for Powder River Basin coal fired in a
tangentially-fired boiler.

Also in March 1999, Method 29 was run at the FGD inlet location to measure the concentrations
of trace species in the flue gas (other than mercury, mostly associated with the small amount of
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Table 3-2
Measured FGD Inlet Flue Gas Conditions at Site 2

Flue Gas Parameter Site 2 — March 1999
FGD Inlet [Hg"] 7.6 ng/Nm?®
FGD Inlet [Hg total] 13.4 ng/Nm®

Hg % Oxidation 43%

SO, 300 ppm (wet basis)

SO; <0.2 ppm (dry basis)

HCI 1.1 ppm (wet basis)

Cl, 1.2 ppm (wet basis)

NOy 160 ppm (wet basis)

fly ash remaining in the ESP outlet gas). The total mercury concentration measured by Method
29 in three runs averaged 13.1 my/Nm?®, which shows excellent agreement with the average
results measured by Method 29T, which were included in Table 3-2. The average measurements
by the two methods agreed within 2%. The average concentrations of other metals measured by
Method 29 at Site 2 are summarized in Table 3-3. For comparison, concentrations previously
measured at Site 1 (Texas lignite-fired) are also shown.

Metals concentrations highlighted in bold are present in concentrations greater than 5 ppb at
either site and/or showed substantially different concentrations at the two sites. As expected, the
lignite fired at Site 1 resulted in higher concentrations of several metals. In particular, much
higher selenium levels were measured in the Site 1 flue gas. The largest differences between the
two sites occurred for potassium, sodium, calcium, selenium, and aluminum.

Short-term Catalyst Screening Test Results

During March 1999, the field test unit was installed at Site 2 and short-term screening tests were
conducted to evaluate catalyst performance. Six carbon-based catalysts, one fly-ash-based
catalyst, and four metal-based catalysts were screened for mercury oxidation activity in the Site 2
flue gas in short-term (three- to nine-day tests). The catalysts screened for activity in the field
were selected on the basis of |aboratory tests using smulated Site 2 flue gas. The results of those
tests are discussed in alater section. Table 3-4 summarizes the results of the screening tests
conducted at Site 2.

For catalysts where results for two beds are listed, the first result is for the upstream bed, and the
second result is for the two beds in series. For catalysts for which only one bed is noted, this
catalyst wasin the “2b” cell position, downstream of the sand bed “blank.” The results for all
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Table 3-3
Method 29 Results for Trace Metal Concentrations for Site 1 and Site 2
Concentration (ppb)
Metal Species Site 1 Site 2
Aluminum 20.24 10.22
Antimony 0.17 0.07
Arsenic ND 0.01
Barium 0.09 0.08
Beryllium 0.27 0.06
Cadmium 0.05 0.02
Calcium 40.98 15.70
Chromium 0.19 0.12
Cobalt ND 0.02
Copper 0.48 0.56
Iron 9.08 8.62
Lead 0.11 0.05
Magnesium 3.02 3.05
Manganese 0.49 2.24
Molybdenum 0.01 0.02
Nickel 0.41 0.17
Potassium 89.30 3.17
Selenium 26.79 2.94
Silver 0.01 0.01
Sodium 191.31 120.24
Strontium 0.09 0.04
Thallium 4.52 0.40
Tin 0.80 -0.60
Titanium 0.64 0.16
Vanadium 0.06 0.00
Zinc 2.09 2.30
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Table 3-4
Results of Short-term Catalyst Performance Screening Tests at Site 2
Mercury Elemental
Sample Adsorption Mercury
Sample Loading (mg | Breakthrough* Oxidation (% of
Type Sample ID catalyst) (% of inlet Hg) inlet Hg°)
Carbon Carbon #1 — First Bed 150 95 78
Carbon #1 — Second Bed 300 98 72
Carbon #2 — First Bed 75 84 0
Carbon #2 — Second Bed 150 75 32
Carbon #2 — Repeat (One Bed) 75 95 61
Carbon #3 (One Bed) 150 83 77
Carbon #4 — First Bed 150 84 25
Carbon #4 — Second Bed 300 100 89
Carbon #5 — First Bed 75 76 0
Carbon #5 — Second Bed 150 59 93
Carbon #6 — First Bed 150 79 82
Carbon #6 — Second Bed 300 90 78
Fly Ash SBA #5 1125 11 80
Metal Fe #1 (One Bed) 3750 87 29
Pd #1 — First Bed 3750 89 90
Pd #1 — Second Bed 7500 82 >90
Pd #2 (One Bed) 500 100 95
Pd #3 — First Bed 3750 100 92
Pd #3 — Second Bed 7500 100 >02

* Values less than 100 indicate that a portion of the inlet mercury was being adsorbed by the catalyst material.
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catalysts have been corrected to account for any observed adsorption or oxidation across the sand
bed blank.

The resultsin Table 3-4 show that only five of the eleven samples achieved oxidation near or
above 90%. Three of these five samples were palladium-based catalysts. The Pd #1 catalyst is
commercially available, but the Pd #2 and Pd #3 catalysts tested were chemical reagentsin
powder form. The relative lifetime before deactivation of these three catalysts was not known.
Because it is commercially available, Pd #1 was the only palladium-based catalysts selected for
the long-term test.

The two carbon-based catalysts that achieved high oxidation, Carbon #4 and Carbon #5,
demonstrated substantially lower oxidation in the first bed relative to that with both beds. This
either indicates inconsistent results between the first bed and second bed measurements for each,
or indicates rapid loss of activity of the material in the first bed. Therefore, neither appeared to
be an ideal choice for long-term testing. All catalysts screened except Fe #1 and Carbon #2 had
at least one sample (first or second bed) that demonstrated over 70% oxidation.

For this reason, an intermediate-length test was conducted with three of the carbon-based
catalysts. As mentioned previously, the short-term catalyst screening tests described above were
conducted in March 99. The Site 2 unit had a scheduled outage coming up in late April, so it was
decided to wait to start the long-term test until after the outage. The intermediate-length test with
the three carbons was conducted in April prior to the outage. Results from thistest are
summarized in Figure 3-1.

The longer test period (three weeks) was intended to discern which of three carbon catalysts
tested would remain most active and might, therefore, be most likely to remain active over the
duration of the subsequent long-term test. Carbon #5 showed poor activity/life relative to the
other carbons and continually lost activity throughout the test. Carbon #1 and Carbon #6 both
exhibited high initial oxidation followed by some degree of deactivation. Carbon #1 lost activity
more readily than Carbon #6 indicating that the latter would be a better choice in the Site 2 long-
term tests.

Long-term Test Results

The screening test results described above were used to identify catalysts for long-term testing at
this site. The long-term test was started in May 1999, but in June a power outage allowed flue
gas moisture and acid gases to condense on the catalyst surfaces. Because it was so early in the
test, it was restarted with fresh catalyst material rather than risk adverse effects from this
temperature upset. The long-term test at Site 2 was completed in mid-November 1999. At the
completion of the long-term test, the catalysts had been exposed to flue gas for approximately
3864 hours.

Table 3-5 summarizes the catalyst materials and loadings tested at Site 2. Of these, all but

Carbon #3 were aso previoudly tested in long-term tests at Site 1. Carbon #3 is an experimental
carbon derived from Illinois bituminous coal. Carbon #3 was not one of the three tested in the

3-6



STE 2 REQULTS

100

N+ ®m—

. “~ ‘\\K
. V\ T

60
50

40 A \

30 \‘

—— Carbon #1 (1st Bed)

% Oxidation of Elemental Mercury

20 —- Carbon #1 (2nd Bed in Series)
—x— Carbon #5 (One Bed)
10 —%~ Carbon #6 (1st Bed)
0 —¥— Carbon #6 (2nd Bed in Series)
10000 20000 30000 40000 50000 60000 70000
Flue Gas Exposure (NL)
Figure 3-1

Activity of Carbon-based Catalysts After Exposure to Site 2 Flue Gas Over a three-week
Period

Table 3-5
Catalyst Configuration for Long-term Testing at Site 2

Bed Position Test Cell #1 Test Cell #2 Test Cell #3
Packed Bed #1 | 0.25 g Carbon#6in 759 75 g of sand 0.25g Carbon #3in75¢g
sand sand

Packed Bed #2 | 0.25g Carbon#6in 759 | 3.75g Pd#1in75gsand | 1.5 g SBA#5in 75 g sand
sand

intermediate-length screening tests for carbon-based catalystsin April. However, the resultsin
Figure 3-1 showed that two of the three tested would be expected to lose activity early in
thelong-term test. Because it was desired to test two carbon-based catalysts, and because asingle
bed of Carbon #3 had shown relatively high activity in the short-term tests, it was decided to
include Carbon #3 as the fourth catalyst and the second carbon catalyst for the long-term test.

Table 3-6 and Figure 3-2 show catalyst performance data over the long-term test period. The test
equipment lost power prior to the final day of scheduled testing in November. Analyses of outlet
elemental mercury concentrations had been completed for two of the five catalyst beds (Pd #1
and Carbon #3) prior to the power outage. Due to the decrease in catalyst temperature and the
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Table 3-6
Catalyst Performance at the End of the Long-term Test at Site 2
Flue Gas Exposure Mercury Elemental
Adsorption Mercury
Sample | Catalyst Breakthrough Oxidation
Catalyst Port Mass, mg | Hours NL (103) (% of Inlet Hg) (% of Inlet Hg)
Carbon #6* la 250 3192 478 76** 40
Carbon #6* 1b 500 3192 478 54 78
Pd #1 2b 3750 3864 583 75 96
Carbon #3 3a 250 3864 635 100 0
SBA #5* 3b 1500 3192 515 66 87

*QOctober results are reported for these catalysts; November results are reported for the remaining catalysts.
**This value appears to be erroneoudy low, as the breakthrough measured in September and November was 100%.
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Effect of Flue Gas Exposure on Elemental Mercury Oxidation Activity at Site 2
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expected condensation of flue gas moisture and acid gas species on the catalyst beds during the

power outage, the other three beds were not analyzed for performance after power was restored.
Consequently, oxidation percentages at the end of the test are available for only two of the five

catalysts. The adsorption capacities and oxidation results for each catalyst bed in Table 3-6 and

Figure 3-2 correspond to the last time at which oxidation results were measured (i.e., November
1999 for Pd #1 and Carbon #3 and October 1999 for Carbon #6 and SBA #5).

November results (3864 hrs) indicated that the Pd #1 showed no signs of significant deactivation,
while the Carbon #3 carbon appeared to be completely deactivated. After exposure to 583 Nm®
(583 x 10° NL) of flue gas, Pd #1 oxidized 96% of the elemental mercury, while after exposure
to 635 Nm®, Carbon #3 oxidized none.

The remaining results presented in Table 3-6 and Figure 3-2 are from testing conducted in
October, after 3192 hrs of flue gas exposure. In October, the second bed of Carbon #6 was
achieving 78% oxidation of elemental mercury after having been exposed to 478 Nm?® of flue
gas. The upstream, 250-mg bed of Carbon #6, which had begun to show measurable deactivation
after about 1500 hrs and exposure to 209 Nm?® of flue gas, was oxidizing 40% of the elemental
mercury. The second bed started showing signs of deactivation at about twice the exposure time
and gas volume as the first bed, which suggests that deactivation occurred across the two bedsin
alinear relationship with the amount of flue gas treated.

The results in Figure 3-2 show that mercury oxidation by Carbon #3 began to decrease steadily
after about 500 hours and exposure to 74 Nm® of flue gas; Carbon #3 only showed 2% elemental
mercury oxidation at the end of August. However, Carbon #3 measured 43% oxidation in mid-
September. Results from late October showed only 3% mercury oxidation, suggesting that the
September results reflect a measurement error. Measurements made in November confirmed that
Carbon #3 was completely deactivated. The ash-based SBA #5 catalyst showed 87% oxidation in
October, after 3192 hrs and 515 Nm® of flue gas exposure.

After 1900 hours of operation, al of the catalysts appeared to be at adsorption equilibrium
(corresponding to 100% mercury breakthrough in Table 3-6). Results at 2400 hrs showed that the
first bed of Carbon #6 and Carbon #3 were at equilibrium while the other samples showed low
levels of adsorption occurring. This was evident by effluent “total” mercury levels being lower
than the inlet levels. October results, at 3192 hrs, indicated that only Carbon #3 was at adsorption
equilibrium. Adsorption results from November (3864 hrs) are shown for only two of the five
bedsin Table 3-6; October results are shown for the other three so asto be on the same basis as
the oxidation results. However, the November results agreed with those obtained at 2400 hrs,
showing that the first bed of Carbon #6 and the Carbon #3 catalysts were at equilibrium while
the other three showed low levels of adsorption occurring. The mercury adsorption breakthrough
percentages for Carbon #6 (both beds) and SBA #5 in Table 3-6 are values measured in October
and are therefore believed to be erroneously low.

It is believed that the inconsistencies in the October adsorption results are due to analytical error.
When the catalysts recovered from the field test unit were analyzed for adsorption capacitiesin
the laboratory, all were at or near adsorption equilibrium. This indicates analytical error in the
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field. However, no flow problems, leaks, or residual mercury on the gold used in the analysis
were identified in the field apparatus. At thistime, it is uncertain as to the source of the error.

It was an important finding that over the long-term test period, three of the five catalyst beds
were able to achieve greater than 70% oxidation of the inlet elemental mercury. Of these, two
(Carbon #6 and SBA #5) had begun showing signs of loss of activity. These two may not have
been able to achieve the objective of this project of identifying catalysts that would achieve at
least 70% oxidation for one year or greater. However, the Pd #1 catalyst was still achieving 96%
oxidation after greater than five months in service, and showed no measurable trend for
decreased activity with time.

Commercial Catalyst Form Tests

During the long-term testing of catalyst sand beds at Site 2, additional tests were conducted to
evauate the activity of catalystsin commercialy viable configurations rather than as finely
ground powders dispersed in sand, as are tested in the long-term test apparatus. Such
configurations could include honeycomb supports (such as those used in SCR), pellets, and
others. The objective of these tests was to evaluate promising catalysts identified in the long-
term testsin commercial configurations and at area velocities consistent with reactor sizes used
in the utility industry or smaller. SCR catalysts typically operate at area velocities ranging from
15 to 30 standard ft/hr (4.3 to 8.7 Nm/hr). If mercury catalysts prove effective at similar or
higher area velocities, it is likely that honeycomb support structures could be utilized in a reactor
of acommercially viable size. Also, mercury oxidation catalysts operated downstream of the
particulate control device (e.g., in clean gas) could employ a much tighter honeycomb pitch than
in typical SCR applications. This would allow smaller reactor sizes at a given area velocity.

Pellet Catalyst Form

Over the last several months of the long-term test at Site 2, a number of tests were conducted to
compare the performance of the Pd #1 catalyst in pellet form to that in the sand bed reactor.
Table 3-7 compares the area vel ocities, adsorption breakthrough and oxidation percentages
associated with Pd #1 in the sand bed reactor of the long-term test at Site 2 to those for the pellet
reactors.

Thefirst pellet reactor test was conducted with 40 g of pelletsin the reactor and a flue gas flow
rate of 27 NL/min, and showed very high oxidation after two weeks of flue gas exposure.
Subsequently another two-week test was conducted with a 20-g bed of Pd #1 pellets at a similar
gas flow rate, resulting in twice the area velocity of the first test, at 210 standard ft/hr (61
Nm/hr). After two weeks, this second test showed that the catalyst had reached adsorption
equilibrium and was oxidizing greater than 97% of the elemental mercury. A set with 5 g of
pellets was subsequently exposed to flue gas at asimilar rate for a similar time period, resulting
in an area velocity of 860 standard ft/hr (250 Nm/hr). At this high area velocity mercury
oxidation dropped to about 67%. To pinpoint the maximum area velocity at which high oxidation
efficiency could be achieved, atest of a 10-g sample was conducted. Results from that test
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Table 3-7
Area Velocities Tested for Pd #1

Catalyst Flue Gas % % Oxidation

Mass Area Velocity | Exposure | Breakthrough | of Elemental
Catalyst Form (9) (std. ft/hr)* (Nm?) of Total Hg Hg
Sand Bed 3.75 165** 583 75 96
Pellet 40 110 370 77 95
Pellet 20 210 402 100 97
Pellet 5 860 323 86.3 67
Pellet 10 430 175 - 77

* One std. ft/hr = 0.29 Nm/hr.

** Areavelocity estimated based on amount of palladium present in the sample. This assumes that the palladiumis
present at the surface of the ground Pd #1 beads at a percentage of the total particle surface areathat is equivalent to
the mass fraction on the original pellets.

showed 77% oxidation of the elemental mercury in the treated gas. Mercury adsorption could not
be measured due to analytical problems.

Greater than 70% mercury oxidation was achieved at an area velocity over an order of magnitude
greater than that typical of SCR catalysts, and nearly 100% oxidation was achieved at an area
velocity about seven times greater. These results suggested that high mercury oxidation
efficiencies could be achieved with a reactor much smaller than is typically required for SCR
applications.

Monolith (Honeycomb) Catalyst Structure

To evaluate the effect of catalyst structure on performance, we obtained the Pd #1 catalyst on a
honeycomb structure. The honeycomb, coated with the same palladium material as the Pd #1
pellet catalyst, has dimensions based on those used in “clean side” SCR applications: a cell
density of 64 cpsi, a3.2-mm pitch, and a geometric surface area of about 340 ft%/ft> (1100
m°/m°).

In early October, tests were begun at Site 2 with four 2-inch-long (5-cm-long) honeycomb
structures. The structures were arranged in sets of two in series and exposed to flue gas at area
velocities ranging from 74 to 260 standard ft/hr (21 to 75 Nm/hr). The superficia velocities
ranged from 2.3 to 4.5 standard ft/sec (0.66 to 1.3 Nm/s). Testing of Pd #1 on a honeycomb
substrate continued into November.

Upon returning to the sitein November, it was discovered that flow through honeycomb catalyst

set #1 had ceased due to afailure of the flue gas pump. A similar pump failure was experienced
earlier in October. Since another pump was not available and the prior loss of flow had already
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resulted in uncertain flue gas exposure, it was decided to conduct no further testing on set #1.
Thus, the only results presented for honeycomb catalyst set #1 are from October.

Theloss of flow through honeycomb catalyst set #1 resulted in greater flow through set #2. The
flow rate increase correspondingly increased the area velocity from 136 to 194 standard ft/hr (39
to 56 Nm/hr) through catalyst 2a and from 74 to 105 standard ft/hr (21 to 30 Nm/hr) through
catalyst 2b. Results from these tests are summarized in Table 3-8. At the high area velocities
tested in November, catalyst 2a oxidized 51% and catalyst 2b oxidized 56% of the elemental
mercury present in the treated gas.

Table 3-8
Performance of Pd #1 on a Honeycomb Structure at Site 2

Flue Gas Exposure
Area Velocity* | Superficial Velocity** % %
Port (std. ft/hr) (std. ft/sec) Hours Nm? Breakthrough | Oxidation
la 242 3.7 479 936 - 46
1b 116 3.7 480 936 - 42
2a 194 3.3 961 908 73 51
2b 105 3.3 962 909 69 56

* 1 atd. ft/hr = 0.29 Nm/hr.
** 1 gtd. ft/sec = 0.29 Nm/s.

Total mercury measurements showed that catalysts 2a and 2b were achieving 73% and 69% total
mercury breakthrough, respectively.

Because of the malfunctioning pump, the actual amount of flue gas exposure for each set of
catalysts is uncertain. The times of the pump failures were estimated as halfway between times
when flow was verified. Based on this assumption, honeycomb catalyst set #1 oxidized 42 to
46% of the elemental mercury in the flue gas after having been exposed to 936 Nm? of flue gas,
and honeycomb set #2 achieved 51 to 56% oxidation after exposure to 909 Nm® of flue gas.

The validity of the October oxidation results is uncertain. As seen in Table 3-8, the measurement
made at the “1b” port, located downstream of the two honeycomb catalysts in series, shows a
lower oxidation percentage than that at the “1a’ port, located downstream of the first
honeycomb. Due to the greater catalyst surface area, the “1b” measurement correspondsto a
lower area velocity than the “1a” measurement and should, therefore, show equal or better
oxidation.

Possible reasons for inaccurate analyses include SnCl, contamination within the test unit or
problems associated with elemental mercury not completely desorbing from the gold amalgam in
the analytical unit during each test run. The November results do not have the same
inconsistencies as the October results. Measurements made downstream of the second catalyst
bed reveal greater oxidation and greater adsorption of mercury, as would be expected.
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The oxidation by the honeycomb catalysts did not compare well with the oxidation by the Pd #1
pellets at ssimilar area velocities. Whereas at 194 standard ft/hr (56 Nm/hr) the honeycomb
oxidized 51% of the elemental mercury, at a dightly higher area velocity of 210 standard ft/hr
(61 Nm/hr) the Pd #1 pellets showed 97% oxidation. The negligible deactivation of the Pd #1 in
the long-term sand bed test suggests that loss of activity due to flue gas exposure would not be
the cause of the lower oxidation. The lower oxidation by the honeycomb could instead be a result
of insufficient catalyst loading on the honeycomb surface (e.g., insufficient grams of Pd per t° of
honeycomb to ensure very high surface reaction rates) or due to inadequate flue gas contact with
the catalyst surface. The latter could be aresult of diffusion of elemental mercury from the bulk
flue gas to the honeycomb surface controlling the overall reaction rate.

To determine what factor had a detrimental effect on oxidation, honeycomb samples with greater
catalyst loadings were procured. Laboratory tests conducted with these honeycombs determined
that increased oxidation percentages did result with higher palladium loading on the honeycomb
surface.

In parallel, mass transfer cal culations were conducted to model elemental mercury conversion in
the honeycomb reactor versus the pellet reactor. For these calculations, the reaction rate is
assumed to be instantaneous at the catalyst surface (i.e., reaction kinetics are assumed not to
control the overall reaction rate). These calculations indicate the extent to which mercury
diffusion from the flue gas to the honeycomb surface controls the overall conversion, relative to
that for the pellet reactor.

The results of these efforts show that both mercury diffusion rates and palladium loading may
impact the performance of the honeycomb catalyst relative to the pellet catalyst beds. The
calculations show that at similar area velocity values, the predicted mercury oxidation is higher
for the pellet bed than for the honeycomb, with the honeycomb performance being limited by the
rate of mercury diffusion to the honeycomb surface. The calculation results also show that the
measured field performance of the honeycomb catalyst falls well short of the predicted mercury
oxidation based on “instantaneous’ oxidation at the surface, while the measured pellet catalyst
results nearly equal the predicted results for that configuration. This likely indicates that the
palladium loading on the honeycomb surface was not sufficient to provide nearly instantaneous
reaction rates, but the higher effective loading per surface area on the pellets was adequate. The
results of the laboratory testing of honeycomb samples with higher paladium loadings, as
mentioned above, indicate that this was indeed the case.
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LABORATORY TEST RESULTS

Laboratory testing has been conducted throughout Phase 11 to support the field tests. For Site 2,
laboratory tests have been conducted to screen catalysts for effectiveness at ssimulated Site 2 flue
gas conditions and some alternate flue gas conditions, to determine the effectiveness of the
laboratory unit for screening catalyst life, and to attempt regeneration of catalysts recovered from
tests at Site 2. Each of these |aboratory test efforts is discussed below.

Catalyst Screening Tests

Prior to field testing, bench-scale tests are conducted to screen catalyst materials at flue gas
conditions similar to each test site. This alows the field effort to focus on only the more active
catalysts for a particular flue gas composition. Table 4-1 lists the gas compositions for the Site 2
simulation tests. Actual gas compositions that were subsequently measured at Site 2 are a'so
shown in the table. In most instances the assumed values used for the simulation gas were very
close to the values that were later measured for the actual flue gas.

Table 4-1
Simulated Flue Gas Compositions for Bench-Scale Tests

Flue Gas Parameter Site #2 Simulation Gas Measured Site #2 Gas Conditions
02 (%) 7 6-14
SO, (ppm) 200 250-350
SOs (ppm) 0 <0.2
CO, (%) 13 11-13
HCI (ppm) 1* 1.1
NO, (ppm) 200 130-200
H,0 (%) 10 12
Hg’ (ug/Nm®) 20 — 40 9-25
Temperature [°F (°C)] 300 (149) 300 (149)

*Some early tests were conducted with no HCl in the smulation gas
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Table 4-2 compares laboratory results to catalyst screening test results performed with the actual
flue gas at Site 2. Oxidation measurements were made after the catalysts stopped adsorbing
mercury. For most catalysts, the laboratory and field results were in close agreement. However,
severa catalysts performed better and some worse in actual flue gasthan in lab tests. This
suggests that trace flue gas components not added to the ssimulation gas may affect the
performance of some catalysts.

Table 4-2
Comparison of Lab and Field Catalyst Screening Test Results for Site 2

Elemental Mercury Oxidation Across Catalyst Bed, %
Catalyst Type Field Laboratory
Sand 2 0
Carbon #1 78 77
Carbon #2 61* 80
Carbon #3 77 63
Carbon #4 89* 11
Carbon #5 50* 0
Carbon #6 82 100
SBA #5 80 70
Fe #1 29 8
Pd #1 90 90
Pd #3 92 95

*First fixed bed showed lower oxidation than the second (listed) indicating some deactivation.

The laboratory resultsin Table 4-2 al were generated using a simulation gas with 1 ppm of HCI.
Earlier bench-scale tests performed in the absence of HCI generally showed poor catalyst
performance, suggesting the participation of HCI in the mercury adsorption and oxidation
mechanisms. A comparison of lab results with and without HCI in the simulation gasis shown in
Table 4-3. While the performance of most catalyst materials improved when 1 ppm of HCl was
added to the simulation gas, the performance of some degraded. One of the iron-based catalysts,
Fe #1, showed the greatest loss of activity, suggesting that HCI is a poison for that particular
catalyst.

Laboratory experiments were also conducted to examine the effect of NOx concentration
(primarily NO) on the mercury adsorption and oxidation performance of three catalyst materials.
Phase | results showed that it was important that NOx be present in the laboratory simulation
gas. Since the range of NOy concentrations encountered at coal-fired units could range from very
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Table 4-3
Equilibrium Adsorption Capacity and Mercury Oxidation for Catalysts in Site 2 Simulation
Gas with and without 1 ppm HCI

Adsorption Capacity .
(g Hg°/g Sample) Mercury Oxidation
Sample (% Inlet)
Loading
(mg Sample 1ppm 1ppm
Sample Type Sample / g Sand No HCI HCI No HCI HCI
Carbon Carbon #1 2 28 624 1 77
Carbon #2 2 1549 1308 89 80
Carbon #3 2 157 266 49 63
Carbon #4 2 58 29 0 11
Carbon #5 2 5741 5911 32 0
Carbon #5a 2 86 80 2 79
Carbon #6 2 258 401 55 100
Carbon #6a 2.2 97 614 0 100
Fly Ash (Bituminous) BA #2a 20 0 2 0 34
BA #3 20 3 0 0 88
BA #16 20 1 0 11 0
Fly Ash SBA #1 20 0 0 1 0
(Subbituminous)
SBA #2 20 0 0 0 0
SBA #3 20 1 3 0 28
SBA #4 20 2 11 17 96
SBA #5 2,20 56 150 2 70
Fly Ash (Lignite) LA #1 20 1 0 6 0
LA #3 20 11 0 6 0
Fly Ash (Oil) OFA 20 0 0 18 0
OFA #2 20 0 0 0 81
Metal/Catalyst Fe #1 20 8 7 57 8
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Table 4-3

Equilibrium Adsorption Capacity and Mercury Oxidation for Catalysts in Site 2 Simulation
Gas with and without 1 ppm HCI (continued)

Adsorption Capacity .
(g Hg°/g Sample) Mercury Oxidation
Sample (% Inlet)
Loading
(mg Sample 1ppm 1ppm
Sample Type Sample / g Sand No HCI HCI No HCI HCI
Fe #2 20 1 0 0 0
Fe #5 20 0 0 16 0
Ni #1 2,20 7 0 4 0
Pd #1 20 26 30 77 90
Pd #3 20 7 4 96 95
SCR 20 3 3 10 0
Zn #1 20 0 0 0 0

low concentrations for units with selective catalytic reduction to very high for cyclone-fired
units, these tests were conducted to determine how variations in flue gas NOx concentration
affected catalyst performance.

The baseline gas for these tests was simulated Site 2 gas containing 1 ppm of HCI. The resultsin
Table 4-4 show that increasing the NOx concentration to as high as 800 ppm decreased Carbon
#1 catalyst oxidation performance slightly and greatly reduced its adsorption capacity. However,
when no NOx was present, the oxidation performance of Carbon #1 was worse than even at the
high NOx concentration. These results suggest that, like HCI, NOx plays arolein the catalytic
oxidation of mercury.

For SBA #5 and Pd #1 the role of NOx was less dramatic. For SBA #5 the adsorption capacity
appeared to generally increase with NOx concentration. As for Carbon #1, the oxidation
percentage appeared to decrease at the highest NOx concentration and even more so with no
NOy present. However, the effect was less pronounced than for Carbon #1. For Pd #1, the
adsorption capacity appeared to decrease with increasing NOx concentration. As with the other
catalysts tested, the oxidation performance measured was lowest with no NOx in the simulation
gas, and there was a dlight reduction in performance at the highest NOy concentration.

These results support the Phase | finding that the laboratory simulation gas must contain NOx to
adequately simulate field performance. They also suggest that, while NOx appears to play arole
in mercury oxidation, over the range of NOx concentrations encountered in most pulverized coal
boilers, the actual NOx concentration in the flue gas will not greatly impact mercury catalyst
performance. This certainly appears to be the case for the Site 2 flue gas that was simulated.
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Table 4-4
Effect of NOyx Concentration on the Performance of Carbon # 1 at 300°F (149°C), Site 2
Simulated Conditions (with HCI)

Carbon #1 SBA #5 Pd #1
Adsorption | Elemental | Adsorption | Elemental | Adsorption | Elemental
NOy Capacity Hg Capacity Hg Capacity Hg
Concentration | (ug Hg’/g | Oxidation | (ug Hg°/g | Oxidation | (ug Hg’/g | Oxidation
(ppm) Sample) (% Inlet) Sample) (% Inlet) Sample) (% Inlet)
0 1230 58 287 81 41 72
10 - - - - 29 91
25 1192 98 - - 21 96
50 - - 309 100
100 1979 88 323 94 10 91
200 624 88 145 100 30 89
400 776 88 325 96
600 587 69 322 96 8 89
800 284 77 433 83 5 86

A number of tests were conducted with Carbon #1 to determine the effects of the form of the
NOx present (NO for the “NOx” tests vs. NO,). The results of these tests are summarized in
Table 4-5. Table 4-5 also includes the results from Table 4-4 on the effects of NOx
(predominantly NO) on the performance of Carbon #1. The results show that for this gas
composition, NO, significantly lowers catalyst adsorption capacity relative to that with NO, but
its effects on mercury oxidation are almost identical to those of NO. This suggests that the NO-
to-NO; ratio in the laboratory simulation gas or in actual flue gases encountered in the field will
not greatly impact catalyst oxidation results.

Finally, some laboratory tests were conducted at a simulated flue gas temperature of 700°F
(371°C). Over the next several years, a number of utilities will likely have to retrofit SCR units
for control of NOx emissions from their coal-fired boilers. It is possible that SCR catalysts would
also catalyze the oxidation of elemental mercury or that mercury catalyst materials could be
added to the SCR reactors. All of the catalyst testing to date in Phase |1 has been conducted at
gas temperatures of about 300°F (149°C). However, the temperaturesin SCR reactors are
substantially higher [~700°F (371°C)]. Therefore, mercury adsorption and oxidation by a sample
of an SCR catalyst and by severa known mercury oxidation catalyst materials were tested at
700°F (371°C).

From initial laboratory results summarized in Table 4-6, the potential of this approach did not
look promising. None of the catalyst materials tested showed substantial mercury oxidation
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Table 4-5

Effect of NO, Concentration on the Performance of Carbon # 1 at 300°F (149 °C), Site 2
Simulated Conditions (with HCI)

NOyx Predominantly as NO NOyx Present as NO,
Adsorption
NOx/NO, Adsorption Elemental Hg Capacity Elemental Hg
Concentration Capacity Oxidation (g Hg°/ g Oxidation
(ppm) (Mg Hg®/ g Sample) (% Inlet) Sample) (% Inlet)
0 1230 58 1072 47
5 - - 1275 100
10 - - 894 98
20 - - 299 97
25 1192 98 - -
30 - - 339 100
40 - - 213 95
50 - - 337 90
100 1979 88 99 87
Table 4-6

Effect of Temperature on Adsorption and Oxidation Performance at Simulated Site 2
Conditions (No HCI)

Elemental Mercury
Adsorption Capacity Oxidation
(mg Hg%g sample) (%)

Sample Loading 300 °F 700 °F 300 °F | 700 °F

Sample Type Sample (mg sample/g sand )| (149°C) | (371°C) | (149°C) | (371°C)
Carbon Carbon #1 2 28 0 1 0
Fly Ash SBA #5 20 56 0 2 8
Metal/Catalyst Fe #1 20 8 0 57 0
Fe #2 20 1 0 0 0
Ni #1 20 7 0 4 0
Pd #1 20 26 2 77 2
SCR catalyst 20 3 0 10 0
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activity; the highest mercury oxidation percentage was less than 10%. However, these tests were
conducted early on in the Site 2 investigations and, therefore, without HCI in the ssimulation gas.

Subsequent tests were conducted with several catalyst materials at 700°F (371°C) with a more
complete smulated flue gas matrix. However, since most near-term SCR retrofits will be on
plants that fire bituminous coal, most of these laboratory simulations were done with a simulated
bituminous coal flue gas rather than at Site 2 simulation conditions. A few tests were conducted
at gas conditions similar to those at Site 2, though, and the results of those tests are summarized
in Table 4-7.

These results show much more promise about the ability of some catalysts to oxidize elemental
mercury at SCR conditions. The results show that at ssmulated low-sulfur-coal conditions, the
carbon-based and fly-ash-based materials had no activity towards mercury oxidation at 700°F,
but the metal-based catalysts tested all showed high activity. The previous results described
above at Site 2 conditions but with no HCI in the ssimulation gas showed very low activities at
700°F for metal-based catalysts. The resultsin Table 4-7 suggest that HCI may play arolein the
activity of the metal catalysts at 700°F. As described earlier in this section, a similar effect of

HCI has been seen previously in mercury adsorption and oxidation testing at 300°F. These results
also indicate that power plants that install SCR units to control NOx emissions may see high
mercury oxidation percentages at the SCR outlet.

Table 4-7.
Elemental Mercury Oxidation Percentages for Various Catalyst Materials at Simulated Low-
Sulfur-Coal Flue Gas Conditions and 700°F*

Elemental Mercury Oxidation

Sample Type Sample ID Percentage at700°F
Carbon C#2 0%
C #6 0%
Fly Ash SBA #5 0%
Metal Catalysts Pd #1 91%
Pd #2 92%
Fe #1 84%
SCR 95%

*Simulation gas contained 400 ppm SO,, 2 ppm HCI, and 400 ppm NOy

Laboratory Catalyst Deactivation Testing

Some laboratory testing has been conducted to measure catalyst deactivation rates under
simulated flue gas conditions. In these tests, the catalyst loading in the laboratory sand bed is
reduced to the point where the initial elemental mercury oxidation is only 80 to 90%. If the
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guantity were sufficient to achieve 100% oxidation, there could be a substantial excess of
catalyst present, which could require long run times before measurable activity loss was
observed.

The objective of these testsisto try to elucidate mechanisms for loss of activity. Since the
laboratory simulated flue gas composition is controlled, and does not contain trace species, it
would be possible to vary flue gas compositions to determine the effects of individual gas
species on loss of activity. Such information may allow mechanisms for loss of activity to be
inferred.

Table 4-8 contains a summary of deactivation tests for lab and field (Site 2) sand beds.
Deactivation rates in the table should be interpreted as order -of-magnitude estimates. The
deactivation rates in the table have been normalized for sorbent mass and total flue gas exposure.
A lower deactivation rate signifies a catalyst that remains active for alonger time.

-(gzliabsltf;r\d;;:% Deactivation Rates for Sand-bed Catalysts in the Laboratory and Field
Catalyst/ Test | Catalyst Loading, | Area Velocity, Flue Gas Deactivation Rate,%
Type mg/(L/min) std. ft/hr* Exposure, NL** Oxidation/(mg-NL)
Carbon #3:
Laboratory 2.5 80 1946 8x10°
Laboratory 10 20 9141 9x10™
Field Bed 250 2.2 635000 2x10°
Carbon #6:
Laboratory 5 42 12864 1x10°
Laboratory 10 21 10275 9x10°
Field Bed 250 2 478000 6x 107
Pd #1:
Laboratory 50 4952 6482 3x10°
Laboratory 150 1651 15994 3x10°
Field Bed 3750 161 583000 <3x10°

* 1 gtd. ft/hr = 0.29 Nm/hr.
** Feld samples were exposed to actual flue gas at Site 2; laboratory samples were exposed to synthesized Site 2
gas.

The normalized laboratory results show some agreement with the field observations, in that

Carbon #3 deactivated more rapidly than Carbon #6. However, the field samples tended to
deactivate at a much lower normalized rate than the lab samples. Also, the deactivation rate for
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Pd #1 in the laboratory was similar to that of Carbon #6, while in the field the Pd #1 deactivation
rate was much lower than for either of the carbon-based catalysts.

The field samples were exposed to flue gas at a much lower area velocity than were the
laboratory beds. Thisresult could indicate that the flue gas rate, not just the overall exposure per
mass of catalyst, isimportant to catalyst life. If this proves to be the case, the benefits from
operating at alower area velocity (i.e., using more catalyst) would have to be balanced against
catalyst cost constraints. However, it could also be differencesin the field versus laboratory gas
compositions (e.g., trace species) that account for the differences between the lab and field
deactivation rate results. The effectiveness of |aboratory tests as a screening tool for evaluating
relative deactivation rates as a function of catalyst type and gas composition remains in question,
and will be further evaluated.

Catalyst Regeneration Tests

Bench-scale tests were aso carried out to investigate the possibility of regenerating catalysts.
Previous results™?were promising, showing that catalysts deactivated during the first long-term
test at Site 1 were effectively regenerated after being purged in N, or CO, at elevated
temperatures. The catalysts, which had showed less than 30% mercury oxidation after 1100
hours of flue gas treatment, showed over 90% oxidation after regeneration. Results improved as
the regeneration temperature was increased above 400°F (204°C). Higher levels of mercury were
desorbed from the catalyst surfaces as the regeneration temperature was increased. The other
species that desorbed from the catalyst surfaces on regeneration were selenium and sulfur.

Although lab results have been promising, it is not known what effect regeneration may have on
the catalyst activity over an extended period of operation in flue gas compared to that of the
virgin material. Some catalyst regeneration testing has been conducted on materials recovered
from intermediate- and long-term testing at Site 2. These results are discussed below.

Leaching of Acid from Samples Recovered from Site 2

Samples recovered from the three-week screening test at Site 2 were tested to determine the
amount of SO, adsorbed while treating flue gas. Acid leaching tests were carried out by the
following procedure. One gram of the catalyst/sand mixture was placed in 30 mL of water and
stirred continuously for at least 30 minutes. Then, pH measurements were taken and used to
calculate the amount of acid desorbed from the samples. The amount desorbed was assumed to
represent all of the adsorbed acid species on each catalyst, and the desorbing acid was assumed
to al be due to SO, adsorption on the catalyst surface. These tests were repeated two to four
times to improve accuracy. Figure 4-1 shows the average amount of SO, adsorbed for each
catalyst.

The sand blank showed negligible SO, adsorption, and all catalyst sasmples showed SO,
adsorption levels within the same order of magnitude. The Carbon #1 SO, concentrations are
approximately one third to one half of the concentrations determined by conducting the same
analysis on the Site 1 long-term samples. Less flue gas exposure and lower SO, concentration in
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Acid Leachability for Catalysts from Intermediate - Length Test at Site 2

the Site 2 gas probably caused this difference; the typical uncontrolled SO, concentrationsin Site
1 and Site 2 flue gas are 1450 ppm and 300 ppm, respectively.

In the Site 1 leaching tests, Carbon #1 desorbed much more SO, than Carbon #6, which is not the
case for the Site 2 results. Carbon #6 showed no apparent acidity after exposure to Site 1 flue
gas, but significant acidity after the Site 2 exposure. Differences in exposure time, metal
concentrations, and SO, concentrations may cause the different SO, adsorption behaviors seen at
Sites 1 and 2. Carbon #5 was not tested at Site 1, so no similar comparison can be made.

It isinteresting that for both carbons in which two beds were tested in series, the second bed
apparently adsorbed more SO, (i.e., acidic species) than the first bed. Similar results were
obtained for Carbon #1 during long-term testing at Site 1. Although it is not known what causes
this phenomenon, it suggests that SO, adsorption in the first bed may be limited by the
competing adsorption of other flue gas species at the catalyst surfaces. For Site 1, this competing
species was thought to be selenium. No competing species has yet been identified for Site 2.

Regeneration of Catalysts from Site 2 Intermediate-length Tests

While the long-term test at Site 2 was being conducted, we attempted to regenerate the Site 2,
intermediate-length catalyst screening test samples (three-week screening set). These carbon-
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based samples were exposed to substantially less flue gas than the long-term test samples.
Regeneration of these samples was expected to be similar to, if not easier than, regeneration of
the long-term samples from Site 2.

These samples were first tested as recovered from the intermediate-length test, without any
treatment steps. The samples were reacted with simulated flue gas (Site 2 conditions) to evaluate
the respective mercury adsorption and oxidation abilities. Table 4-9 summarizes these results. In
the table, "Reagent” values are measurements of fresh reagent performance tested in the
laboratory; "Field Maximum" is the maximum percent oxidation measured at any time during
field testing; "End of Field Test" measurements were taken in the field at the end of the three-
week test; and "Recovered Sample" measurements are laboratory results for the recovered field
samples.

Table 4-9
Performance Comparison of Reagents and Recovered Field Samples

Adsorption Capacity Elemental Mercury Oxidation
(my Hg%g Catalyst) (%)
Recovered Field End of Recovered
Sample Reagent Sample Reagent Maximum Field Test Sample
Carbon #1 —Bed 1 624 0 77 84 32 0
Carbon #2 — Bed 2 624 0 77 89 74 37
Carbon #5 5911 0 0 42 10 0
Carbon #6 —Bed 1 401 20 100 87 76 24
Carbon #6 — Bed 2 401 38 100 97 86 68

Only the two Carbon #6 samples showed measurable mercury adsorption, albeit at very low
levels. The maximum oxidation seen in the field tests for all samples was better or within 15% of
the oxidation seen in “fresh” reagent tests in the laboratory. As the catalyst samples deactivated,
these oxidation percentages declined, as was discussed in the previous section of this technical
note. Interestingly, the recovered samples showed worse performance in simulated flue gas; all
five samples showed less oxidation in the lab than in the field even though no treatment steps
were taken and little additional (simulated) flue gas exposure occurred. Possible reasons for these
differences may include variability in the oxidation percentage measurements or physical
changes to the catalyst samples upon shut down of the unit, removal from the flue gas and
subsequent exposure to air.

Several methods were attempted to regenerate the Carbon #1, Bed 1 sample from the
intermediate-length screening tests. Various temperatures and extended regeneration times were
tested. Sample washing was also evaluated by equilibrating samplesin severa different
solutions. The “regenerated” samples were subsequently tested at Site 2 simulated conditions at
300°F (149°C); however, al samples showed negligible performance changes. Since no
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measurabl e performance improvements were noted, the test results are not presented here. Table
4-10 summarizes the conditions used to attempt regeneration.

Table 4-10
Conditions Tested to Regenerate the Carbon #1 — Bed 1 Sample Recovered from the Site 2
Intermediate-length Screening Tests

Regeneration Temperature
Conditions [°F (°C)] Duration (min) Comments
CO; 700 (371) 30 1 L/min
CO; 700 (371) 120 1 L/min
CO; 1000 (538) 120 1 L/min
CO; 1400 (760) 120 1 L/min
Water Leaching Ambient >24 hrs. Sample was centrifuged and decanted after
leaching.
0.1 M NaOH Ambient >24 hrs. Sample was centrifuged and decanted after
Leaching leaching.
1.0 M KClI Ambient >24 hrs. After leaching, sample was centrifuged, rinsed
Leaching in H,0, centrifuged again and decanted.

Regeneration of Catalysts from Site 2 Long-term Test

Laboratory tests were also carried out with catalysts recovered from the Site 2 long-term
exposure test. Initial tests were carried out to verify field mercury adsorption and oxidation
results. Recovered samples were exposed to simulated flue gas at the conditions listed in Table
4-1. Mercury adsorption and oxidation were measured for each catalyst; these results are shown
in Table 4-11. Recovered catalysts showed very low levels of mercury adsorption indicating that
saturation had indeed occurred in the field test. The field sand “blank” was also tested and
showed no mercury adsorption.

Oxidation valuesin the field and lab corresponded within 14 percentage points, which is
reasonable considering the potential for measurement error. Carbon #3 remained virtually
inactive, both beds of Carbon #6 showed some remaining activity, and both Pd #1 and SBA #5
continued to show high oxidation activity. The Site 2 sand blank showed no mercury oxidation in
the laboratory test.

Tests were then performed in which deactivated catalysts were purged with CO; at elevated
temperature in an attempt to regenerate the samples. A 10-gram fixed bed of each recovered
catalyst/sand mixture was heated to 700°F (371°C); then purged with CO, for 120 minutes. The
“regenerated” samples were then tested in simulated flue gas to determine any effect on mercury
adsorption capacity or oxidation performance.
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Adsorption and Oxidation of Mercury by Recovered and Regenerated Catalysts

Adsorption Capacity

Elemental Mercury Oxidation

(Lg Hg/g) (% of Inlet Hg)
Recovered Regenerated End of Field Recovered Regenerated

Sample Sample Sample Test Sample Sample Sample
Carbon #3 4 31 0 14 25
Carbon #6 — Bed 1 0 45 40 40 94
Carbon #6 — Bed 2 0 0 78 80 92
SBA #5 5 433 87 98 82
Pd #1 5 9 96 95 92

The resultsin Table 4-11 show that regeneration improved the performance of the deactivated
carbon samples. Carbon #3 showed some improvement in adsorption capacity while mercury
oxidation improved from 0 to 25%. The adsorption capacity of the first bed of Carbon #6 showed
improvement while the second bed still showed no adsorption. Both beds showed very high
oxidation levels (>90%) after regeneration. These results suggest that the mechanisms of

mercury adsorption and oxidation are not dependent upon each other for this sample. The two
samples that showed good performance at the end of the Site 2 long-term (SBA #5 and Pd #1)
showed no improvement in mercury oxidation upon regeneration. However, SBA #5 showed a
dramatic increase in adsorption capacity.

Initial regeneration testing has shown that most deactivated samples were easily regenerated in
COz. The extent of regeneration will likely vary from sample to sample. The ability to regenerate
the oxidation catalysts should have dramatic implications on the overall cost of this process (see
Section 5). Additional tests will be conducted to further evaluate the ability to regenerate the Site

2-treated catalysts.
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PRELIMINARY ECONOMICS FOR A CATALYTIC
PROCESS

Preliminary cost estimates have been made for the catalytic process under development, for a
400-MW power plant that has a conventional ESP for particulate control followed by awet FGD
system. The flue gas was assumed to have a total mercury content of 10 mg/Nm®, of which 25%
isoxidized and 75% is in the elemental form. The catalyst is assumed to be Pd #1 on a
honeycomb support. The catalyst would be installed immediately downstream of the last field of
the ESP, where the flue gas velocity would be about 5 ft/sec (1.5 m/s). The thin catalyst bed
would either replace an existing outlet gas distribution plate, or would be located at the entrance
to the outlet transition duct, with appropriate external bracing.

The catalyst life was projected to be three years. Pd #1 saw little or no measurable loss of
activity in over five months of testing at Site 2; it remains to be demonstrated what the actual life
of this catalyst will be. Because it appeared that the catalyst loading on the honeycomb cores
tested at Site 2 was insufficient to result in high oxidation efficiency, a three-times higher
palladium loading was assumed for this estimate. Laboratory testing suggests that this higher
loading would be adequate to maximize oxidation percentage for a given catalyst area velocity
and geometry. Although we do not yet have reliable information about the relationship between
areavelocity and elemental mercury oxidation percentage, based on mass transfer calculations
for this honeycomb form we assumed that a 6-inch (15-cm) catalyst depth would result in 90%
oxidation and that a 4-inch (10-cm) catalyst depth would result in 80%. These catalyst depths
correspond with area velocities of 72 and 108 standard ft/hr, respectively (21 and 31 Nm/hr).

The projected costs for this process were compared to cost estimates for activated carbon
injection for mercury control, as presented in a previous EPRI-sponsored paper’. In that paper, it
was determined that it was more cost effective to retrofit a high-ratio fabric filter downstream of
the ESP (i.e., the EPRI COHPAC configuration) when injecting activated carbon for mercury
control. Their estimates showed that prohibitively large quantities of carbon were required to
achieve high mercury removal efficiency with only the ESP as a gas-solid contactor. That paper
presented cost estimates for an 80% mercury removal level, but we used data and cost equations
presented in the paper to project costs for a 90% removal level with carbon injection. We also
used the same economic factors and plant descriptions used in the EPRI paper in developing
preliminary estimates for the catalytic process. These estimates for capital, operating and
maintenance (O& M) and levelized costs are compared for 80% and 90% overal mercury
removal levelsin Table 5-1.

The mercury control levels for the catalytic processin Table 5-1 are based on the assumption that
the wet FGD system will achieve 95% removal of the oxidized mercury in the FGD inlet flue
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Table 5-1
Preliminary Cost Estimates for the Catalytic Process for Enhancing Mercury Removal by a
Wet FGD System, Compared to Activated Carbon Injection

Mercury Removal Process Catalyst Carbon Injection/COHPAC
Overall Hg Removal (%) 80 90 80 90
Total Capital Requirement ($1000;
excludes catalyst costs) $1,949 $1,949 $15.877 $15,941
Levelized Capital Requirement
($1000/y1) $199 $199 $1,619 $1,626
Total O&M Cost ($1000/yr) $1,418 $2,125 $1,858 $2,661
Levelized O&M Cost ($1000/yr) $2,126 $3,188 $2,787 $3,992
Total Levelized Cost ($1000/yr) $2,325 $3,387 $4,406 $5,618
Percent reduction (relative to carbon o o i i
injection/COHPAC) 4% 40%

gas, and no removal of elemental mercury. Note that the EPRI paper did not consider whether
the hypothetical power plant had awet FGD system or any contribution from that FGD

system to mercury removal. However, we assume that downstream of the carbon injection
system there would be essentially no oxidized mercury remaining; we assume that the remaining,
unremoved mercury would be al elemental mercury. This should be a good assumption since
oxidized mercury is more readily removed by carbon injection than is elemental mercury. In this
case the mercury removal by awet FGD system downstream of a carbon injection system would
be zero.

Also, note that the capital cost estimates for the catalytic process do not include the cost of the
initial catalyst charge. The catalyst cost isinstead treated as an O& M expense, since it must be
replaced every three years.

The preliminary resultsin Table 5-1 show that the catalytic process holds some promise for
lowering future mercury control costs for power plants with existing FGD systems. Future
process development work is needed to substantiate and refine the assumptions made to develop
these cost estimates. Longer catalyst life will tend to drive the costs down. Also, less expensive
catalysts, such as fly ash based catalysts, will tend to lower costs.
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CONCLUSIONS

Long-term Test Results

Field testing at Site 2, fired with a Powder River Basin subbituminous coal, found substantial
concentrations of elemental mercury in the flue gas (~8 to 9 ny/Nm?®) and relatively low
concentrations of SO,, SOz, HCl and NOx. At these flue gas conditions, long-term (five-month)
sand bed reactor tests showed that one catalyst, Pd #1, continued to oxidize 96% of the inlet
elemental mercury. It is not possible to predict the life of the Pd #1 catalyst based on these
results, as the observed drop in activity over the five-month period was small relative to
experimental error. These results, therefore, cannot be extrapolated to predict loss of activity
over longer periods with any certainty.

The fly-ash-based catalyst, SBA #5, continued to achieve 87% oxidation, and two beds of
Carbon #6 in series achieved 78% oxidation at the end of the five-month test. Both could be
viable candidate catalysts for these flue gas conditions, and should be less expensive to
manufacture than Pd #1. The other catalyst, Carbon #3, lost virtually all activity towards the
oxidation of elemental mercury over this period, and is not a candidate catalyst materia for this
flue gas.

These results identified Pd #1 as the most attractive oxidation catalyst for this flue gas with
respect to catalyst life. The fly-ash-based SBA #5 could offer alower-cost aternative, although a
method needs to be developed to prepare the fly-ash-based material in acommercial catalyst
form. Carbon #6 could also be a candidate catalyst, if it can be regenerated cost effectively.

Commercial Catalyst Forms

Samples of Pd #1 were tested in relatively short-term (two- to six-week) tests in two
commercialy-viable forms: pellet and “honeycomb” configurations. The pellet form showed
high oxidation activity at area velocities 5 to 10 times that of commercial SCR catalysts,
suggesting that relatively small reactors could be employed for a catalytic mercury oxidation
process. Results with a honeycomb catalyst showed lower oxidation activity when compared to
the pellet form at similar area velocities. The amount of palladium on the honeycomb surface and
the rate of diffusion of mercury from the flue gas to its surface appear to have caused the lower
performance of the honeycomb configuration. However, it is still likely that high mercury
oxidation percentages can be achieved with Pd #1 in a honeycomb configuration with reactor
volumes considerably smaller than what is required for SCR applications.
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Laboratory Test Results

Laboratory tests indicate that for the gas composition at Site 2, both HCI and NOx play an
important role in mercury oxidation, even when present at low concentrations (e.g., 1 ppm for
HCI). These results confirm the need to include these species in laboratory simulation gases. For
most materials, the laboratory apparatus proved to be an effective tool at identifying catalyst
materials that were active in the actual Site 2 flue gas conditions. However, the effectiveness of
accelerated catalyst deactivation tests in the laboratory for predicting long-term catalyst activity
in the field remains in question.

Laboratory tests to regenerate spent catalyst materials from the long-term test at Site 2 showed
that activity could be restored with relatively short-term (120-minute) exposure to a CO,
environment at 700°F (371°C). These results suggest that catalyst regeneration could be an
alternative to replacement as catalyst activity declines. However, the activity versus time
exposed to flue gas for the regenerated material needs to be determined relative to that of the
virgin material.

Preliminary Economics

Preliminary economics for the catalytic process applied to a power plant with an existing ESP
particulate collector and an FGD system, based on Site 2 results for Pd #1, show that the
catalytic process could be less costly than carbon injection for achieving 80% to 90% overall
mercury control. The economics are based on using a honeycomb catalyst configuration, and the
mercury removal percentages are based on mercury levelsin the ESP outlet flue gas. The
economics for the catalytic process using Pd #1 as the catalyst on a honeycomb structure are very
sengitive to catalyst life, honeycomb surface area, and the loading of Pd #1 required on the
surface.

Future Testing

The results from Site 2 are very promising with respect to the applicability of a catalytic process
to enhance mercury removal by plants that have an existing FGD system and that fire a
subbituminous coal. Testing at Site 3, which will fire a high-sulfur, bituminous coal, should
continue as planned. Results from Site 3 will determine whether a catalytic process shows
promise for the larger population of bituminous-coal-fired power plants that have FGD systems.

As mentioned above, the economics for the catalytic process using Pd #1 as the catalyst on a
honeycomb structure are very sensitive to catalyst life, honeycomb surface area, and the loading
of Pd #1 required on the surface. A future project should determine the honeycomb surface area
and loading of Pd #1 required to achieve high mercury oxidation percentages, and should
determine the activity of Pd #1 in a honeycomb configuration over periods of one year or greater.
This project should also evaluate lower-cost materials such as fly-ash-based SBA #5in
commercial catalyst configurations.
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A future project should aso further investigate catalyst regeneration as a means of lowering the
potential cost of a catalytic process. In particular, the activity of regenerated materia over time
should be evaluated relative to that of virgin material. The potential for in-situ regeneration
should be investigated for technical and economic feasibility.
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